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Optimization of a bioreactor design can be an especially challenging process. For

instance, testing different bioreactor vessel geometries and different impeller and

sparger types, locations, and dimensions can lead to an exceedingly large number of

configurations and necessary experiments. Computational fluid dynamics (CFD), there-

fore, has been widely used to model multiphase flow in stirred-tank bioreactors to min-

imize the number of optimization experiments. In this study, a multiphase CFD model

with population balance equations are used to model gas–liquid mixing, as well as gas

bubble distribution, in a 50 L single-use bioreactor vessel. The vessel is the larger

chamber in an early prototype of a multichamber bioreactor for mammalian cell culture.

The model results are validated with oxygen mass transfer coefficient (kLa) measure-

ments within the prototype. The validated model is projected to predict the effect of

using ring or pipe spargers of different sizes and the effect of varying the impeller

diameter on kLa. The simulations show that ring spargers result in a superior kLa com-

pared to pipe spargers, with an optimum sparger-to-impeller diameter ratio of 0.8. In

addition, larger impellers are shown to improve kLa. A correlation of kLa is presented as

a function of both the reactor geometry (i.e., sparger-to-impeller diameter ratio and

impeller-to-vessel diameter ratio) and operating conditions (i.e., Reynolds number

and gas flow rate). The resulting correlation can be used to predict kLa in a bioreactor

and to optimize its design, geometry, and operating conditions.
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1 | INTRODUCTION

The first single-use bioreactor was introduced in the late 1990s as a

plastic bag that is mixed via wave motion.1 Since then, single-use bio-

reactors have gathered a great deal of interest and been hugely suc-

cessful in replacing their stainless steel counterparts for upstream

processing in the biopharmaceutical industry.2 While wave-mixed bio-

reactors initially dominated the single-use technology market, stirred

bag systems have gained in popularity and are being used in large

numbers. The fact that stirred bags are more similar to the stainless

steel reusable bioreactors, where there is extensive experience, has

facilitated their penetration of the market and their integration into

modern manufacturing processes.3–5

Single-use bioreactors are sterilized, ready-to-use, cultivation ves-

sels. They are used once and then discarded after the end of the culti-

vation run. Processes based on single-use technology offer many
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advantages. The use of such disposable systems eliminates the need

for cleaning-in-place, sterilization-in-place, and cleaning validation.

The risks of cross-contamination and production turnaround times are

also reduced.6 Further, single-use bioreactors reduce the validation

time and shorten time to market,3 which is an enormous advantage

given the extensive development and increased demand of recombi-

nant protein therapeutics. In 2013, estimates indicated that compared

to stainless steel facilities, single-use operated facilities had annual

production rates that were 27% greater and production costs that

were 23% lower on a gram of mAb basis.7

In addition to the aforementioned advantages of single-use technol-

ogy, we have proposed a new multichamber, single-use bioreactor that

possesses additive advantages.8 The proposed design involves cham-

bers of different volumes, where a larger chamber encloses a smaller

one, all presented as a single closed system that requires only one con-

trol unit and support structure. Thus, a 50- to 100-fold increase in the

culture volume can be achieved in one single bag during the seed train

process. That is a substantial enhancement to the current limit of only

fivefold increase achievable in any stirred-tank single-use bioreactor on

the market. The multichamber design allows a further reduction in the

upstream processing costs. The cost reduction includes the cost associ-

ated with the purchase, qualification, and maintenance of equipment,

as well as the cGMP factory footprint occupied by the different seed

train bioreactors and control units. The design also reduces the risk

of microbial contamination by allowing transfer of the cell culture

between the different chambers, through internal tubing, via gravity or

peristaltic pumps, without the need of opening the system. Our early

proof of concept work8 was based on a single-use, two-chamber biore-

actor design. The smaller chamber had a 3 L maximum operating

volume and had geometry similar to the Mobius® CellReady 3 L biore-

actor, while the larger chamber had a 50 L maximum operating volume.

The engineering characterization of the two chambers showed good

agreement with other commercially available bioreactors with the same

working volumes. However, the 50 L chamber required some design

optimizations to improve the oxygen mass transfer (kLa) to be more in

line with other bioreactors on the market.

The aim of the study presented here was to use computational

fluid dynamics (CFD) simulations to model mixing and gassing in the

50 L chamber of the multichamber bioreactor and to validate the sim-

ulations with the published experimental data. The simulation model

was then used to study the effect of different impeller and sparger

sizes on kLa, as well as the effect of using a ring sparger instead of the

pipe sparger, which was used in the early 50 L prototype.

CFD is a powerful tool that has been consistently applied to model

stirred-tank bioreactors. The CFD models can generate high-resolution

localized data regarding some parameters that are hard or even impos-

sible to measure, such as the distributions of shear stress and turbulent

kinetic energy.9 Many scientific papers have used CFD to model fluid

flow and turbulence inside agitated systems.10–14 Other studies used

CFD to model multiphase flow including gas phase, particle tracking or

reaction processes.15–21 The suitability of CFD models for engineering

characterization of single-use bioreactors has also been demonstrated.

Many case studies have been reviewed by Loffelholz et al.,22 as well as

some other recent studies.23,24 These studies involved stirred-tank and

wave-mixed bioreactors, as well as other bioreactor designs with

uncommon mixing mechanisms like the oscillating disk with conical ori-

fice in the Vibromix system and the air wheel in the PBS Biotech biore-

actor. The case study of the PBS bioreactor was unique in the sense

that the CFD simulations were used to develop the market-ready biore-

actor based on only a prototype, which relates to one scope of this

study regarding the multichamber bioreactor development. Applying

CFD in the bioreactor development process led to a significant reduc-

tion in time and costs.22 CFD has been also used to optimize cultivation

and scale-up conditions in bioreactors by predicting the critical shear

stress and hence proposing optimum impeller speeds for cell cultivation

processes.25,26

In this study, numerical simulations were performed using ANSYS

Fluent 17.0 (ANSYS Inc., Canonsburg, PA). An Eulerian–Eulerian model

was used to model the multiphase flow combined with the k-epsilon

dispersed turbulence model. A population balance model (PBM) has

been previously used in multiphase simulations of stirred-tank

reactors27–29 and was used in this study to predict bubble size distribu-

tion in the stirred-tank reactor by considering bubble breakage and

coalescence. The number and sizes of bins of the PBM for different agi-

tation speeds were optimized by trial-and-error approach and were val-

idated by experimental data generated from the 50 L chamber of the

multichamber bioreactor. The model was then used to compare

between a pipe sparger, which was used in the bioreactor prototype,

and a ring sparger, in terms of the efficiency of oxygen mass transfer in

the bioreactor. Oxygen mass transfer coefficient (kLa) is an indication of

the oxygen transfer efficiency in the culture medium. A higher kLa value

is required to ensure that the oxygen demand is met at higher cell den-

sities, and to avoid excessive gassing which, in addition to the higher

cost, may introduce excessive shear on the cells. Generally, while devel-

oping a new bioreactor, a design with a high (kLa) and a reasonable

shear stress will enable growth of higher cell densities, reduce operating

costs, and eventually result in a bioreactor that more favorably com-

pares to commercially available top-tier bioreactors.

Different sparger and impeller sizes were also examined using the

validated CFD model. Many studies, as reviewed by Markopoulos

et al.,30 have correlated kLa to the operating conditions like power input

per unit volume (P/V) and superficial gas velocity for a given bioreactor

geometry. In this study, we present a model equation to correlate kLa in

a stirred-tank bioreactor to different geometrical and operating factors.

The developed model equation correlates kLa to geometrical factors

(i.e., impeller-to-vessel diameter ratio, D/T, and sparger-to-impeller

diameter ratio, dsp/D), mixing factors (i.e., Reynolds number, Re), and

gassing factors (i.e., volumetric gas flow per unit liquid volume, Q/VL).

The developed model equation can be used to help the selection of the

proper sparger, impeller, and vessel geometries and dimensions to be

constructed and integrated during the development process of stirred-

tank bioreactors, especially the next generation multichamber bioreac-

tor prototypes of different operating volumes. The model can also be

used to predict the oxygen mass transfer efficiency in stirred-tank

bioreactors under variable operating conditions.
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2 | BIOREACTOR GEOMETRY
RECONSTRUCTION AND MESH
REGENERATION

The bioreactor under consideration was the 50 L chamber of the two-

chamber, single-use bioreactor described earlier (Figure 1a).8 The

chamber was a cylindrical vessel with a diameter (T) of 38.0 cm and a

height of 67.0 cm. The liquid height at the maximum working volume

was 42.0 cm which was the height considered in the CFD model. A

three-blade impeller pitched at 30� was carried on a central, top

mounted shaft and was used to mix the fluid inside the bioreactor.

The impeller diameter (D) was 22.8 cm. The air sparger was placed at

the bottom center of the bioreactor. The sparger was a pipe with a

length of 3.1 cm and constant pore sizes (dh) of 10 μm. For CFD simu-

lations, different impeller diameters were examined, as well as other

pipe spargers of different lengths and ring spargers with variable

diameters. Experiments and simulations were performed at impeller

tip speeds of 0.6, 1.2, and 1.8 m/s, which for the constructed proto-

type, corresponded to 50, 100, and 150 rpm, respectively. The air

sparging rate was set at 0.02, 0.05, and 0.10 volume of air per volume

of liquid per minute (VVM).

Booleans for the solid parts of the bioreactor (i.e., shaft, impeller,

and sparger) were created so that only the fluid domains of the bioreac-

tor were considered for the simulation. Two distinct fluid domains

were created. A smaller domain, or the multireference frame (MRF), was

defined near the impeller and was set as a rotating region with a velocity

corresponding to the impeller tip speed. The other volume, which was

the stationary volume, was the volume away from the impeller.

Unstructured tetrahedral meshes were generated using ANSYS

Meshing (ANSYS Inc., Canonsburg, PA). Interfaces were defined at the

joint boundaries of the two fluid domains allowing free flow across

the two regions. The ANSYS meshing tool generated unstructured

grids consisting of tetrahedral elements (Figure 1b). Mesh quality has

been improved and checked to meet the requirement in ANSYS Flu-

ent. Specifically, all mesh elements had skewness less than 0.83, and

98.4% of the elements had an aspect ratio between 1 and 2. A mesh

independence test was performed to identify the optimum number of

mesh elements that provides accurate results and good computational

efficiency. Multiple sets of mesh with different numbers of elements

were generated and simulations were run on each of them. The

results were initially found to vary with the mesh element size until it

reached a certain point where the results were constant and no longer

dependent on the grid size. The kLa value was the parameter selected

to perform the mesh independence test. As shown in Figure 2,

increasing the number of mesh elements beyond 1.48 million cells

resulted in negligible differences in kLa values, and thus the 1.48

million-grid size was selected for all further simulations. For the mesh

independence test, simulations were run at the bioreactor impeller

speed of 150 rpm and an inlet airflow rate of 0.1 VVM. The final mesh

(shown in Figure 1) contains 1,487,040 elements and 266,038 nodes.

F IGURE 1 (a) A schematic diagram for
the multi-chamber bioreactor,
(b) illustration of the 50 L chamber
geometry and mesh
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3 | NUMERICAL SETUP

The CFD simulations were carried out using the ANSYS FLUENT 17.0

finite volume solver. The bioreactor vessel containing liquid mixed by an

impeller and aerated from the bottom was represented by a multiphase

gas–liquid system. The system was modeled using the Eulerian–Eulerian

multiphase model, where water was the primary phase and air was the

secondary phase and was dispersed in water as a continuous phase as

air bubbles.

All walls were treated with no-slip boundary conditions. The

sparger surface was treated as air velocity inlet, where the air volume

fraction was set to unity. The bioreactor top was set as a degassing

outlet to allow only air to escape from the bioreactor top boundary

and not water. Properties of fluids in the simulations were set as fol-

lows: for water, ρL = 998.2 kg/m3, μL = 0.001 kg/m/s, while for air

ρG = 1.225 kg/m3, μG = 1.789 × 10−5 kg/m/s, and the water-air inter-

facial tension σL = 0.072 N/m.

The phase-coupled SIMPLE algorithm was used for pressure

velocity coupling. The second order upwind scheme was used for

momentum discretization, and the first order upwind scheme was

used for the turbulent kinetic energy (k) and turbulent dissipation rate

(ε). QUICK scheme was used to solve for volume fraction while the

Green-Gauss node-based method was used for gradient. For each

simulation, single-phase flow was performed first by solving continu-

ity and momentum equations. The single-phase solution was then

used to initialize the multiphase solution. The time step was set to

0.01 s in single-phase simulations and 0.001 s in multiphase simula-

tions. The maximum number of iterations per time step was set to 60.

Convergence was determined by reaching residuals below 1 × 10−5

for all parameters and 1 × 10−4 for continuity and by reaching a con-

stant kLa value over a significant number of time steps.

4 | GOVERNING EQUATIONS

4.1 | Eulerian–Eulerian multiphase model

This model involves solving the Navier–Stokes equations assuming

constant density and viscosity for both phases. The governing

equations for mass and momentum conservation can be written as

follows:

∂

∂t
ρiαið Þ + r: αiρiUið Þ = 0 ð1Þ

∂

∂t
ρiαiUið Þ + r: ρiαiUiUið Þ = − αirp + r:τef + Ri + Fi + αiρig ð2Þ

where ρi, αi, and Ui are the density, volume fraction, and mean velocity

vector of phase i, respectively, where the subscript i refers to either

the liquid (L) or gas (G) phase. The terms p, Ri, and Fi represent the

pressure, momentum exchange, and centrifugal forces. The term g is

acceleration due to gravity. The Reynolds stress tensor, denoted by

τef, was described by the k-ε turbulence model provided by FLUENT

and was used with default settings.31

The sum of both liquid and gas phase volume fractions remains

unity in every cell domain as follows:

αL + αG = 1 ð3Þ

The drag force acting on the air bubbles resulting from the relative

velocity between the two phases is the most important interface force

and can be described as follows:32

Drag force for the secondary phase:

RDrag
G =

18αG 1 − αGð ÞμLCD Re p

24d2p
UG −ULð Þ ð4Þ

Drag force for primary phase:

RDrag
L = −RDrag

G ð5Þ

While there are several drag law models provided by FLUENT,

Kaiser33 reported that the drag coefficients, CD, predicted from nine

different models were nearly identical at low particle Reynolds number,

Rep, and the drag coefficients only began to deviate when Rep was close

to 1,000. In our study, the maximum Rep was 0.22, as calculated from

Equation 7, which suggests that any of the drag law models can be

used in our simulations with little concern of differences. The drag

coefficient described by the Schiller and Naumann correlation32 is fre-

quently used in literature to simulate stirred-tank bioreactors,27,28,34

and was selected in our study:

CD =
24 1 + 0:15Re 0:687

p

� �
Re p

Re p ≤ 1000

0:44 Re p > 1000

8><
>: ð6Þ

The particle Reynolds number 35:

Re p =
ρL UG −ULj jdp

μL
ð7Þ

4.2 | Turbulence model

Because the volume fraction and the density of the secondary phase

are low, and the density difference between the two phases is high,

the dispersed k-ε turbulence model was used. In this dispersed k-ε

model, the turbulence of dispersed phase is not considered, and the

flow of this secondary phase is considered to be laminar.36

The liquid phase turbulence viscosity is described as:37

μt, L = ρLCμ

k2Liq
εL

ð8Þ

where the turbulent kinetic energy term for the liquid phase (kLiq)

should not be confused with the convective mass transfer coefficient

(kL), that is, a part of the oxygen mass transfer coefficient (kLa). Within
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Equation 8, the transport equations for the turbulent kinetic energy, k,

and the turbulent energy dissipation, ε, are given by:

∂ ρLαLkLiq
� �

∂t
+ r: ρLαLkLiqUL

� �
= r: αL

μt, L
σk

rkLiq

� �
+ αLGkL

− αLρLεL + αLρL
Y

kL
ð9Þ

∂ ρLαLεLð Þ
∂t

+ r: ρLαLεLULð Þ = r: αL
μt, L
σε

rεL

� �
+ αL

εL
kLiq

C1εGkL −C2ερLεLð Þ

+ αLρL
Y

εL
ð10Þ

where GkL is the rate of production of k,
Q

kL, and
Q

εL account for the

influence of dispersed phase on the continuous phase,38 while Cμ, C1ε,

C2ε, σk, and σε are model parameters given the values 0.09, 1.44, 1.92,

1.0, and 1.3, respectively.31

4.3 | Population balance model

While constant bubble size models are simple and require less com-

putational time, they do not accurately represent the physical sys-

tem.37,39 Bubbles are discharged from the sparger with a uniform

diameter. Once they are in the medium, however, the bubbles inter-

act with the moving primary phase and undergo breakup and coales-

cence. Bubble breakup occurs when the liquid disruptive forces

overcome the bubble surface tension, while coalescence happens

when bubbles collide strongly enough to break the bubble thin film.

A PBM provides more information that is accurate by predicting

coalescence and breakup mechanisms and providing information on

the bubble size and the bubble size distribution within the

bioreactor.39–41 In this study, the method of classes (discrete

method)42,43 was used for discretizing and solving the population

balance partial differential equation, which can be written as

follows:

∂ ρGnið Þ
∂t

+ r: ρGUG, ini
� �

= ρG BiC −DiC + BiB −DiBð Þ ð11Þ

In this equation, ni is the number of bubbles in the bubble class i,

UG, i is the velocity vector of gas phase bubbles in the class i, BiB and

BiC are the bubble birth rates due to breakage and coalescence, and

DiB and DiC are the bubble death rates due to breakage and coales-

cence, respectively. These terms are modelled as functions of bubble

volumes V0as follows:42

BiC =
1
2

ðV
0
a V −V0,V0ð Þn V −V0, tð Þn V0 , tð ÞdV0 ð12Þ

DiC =
ðα
0
a V,V0ð Þn V, tð Þn V0, tð ÞdV0 ð13Þ

BiB =
ðα
V
m V0ð Þb V0ð Þp V,V0ð Þn V0 , tð ÞdV0 ð14Þ

DiB = b Vð Þn V, tð Þ ð15Þ

In these equations, a(V, V0) is the coalescence rate between the

different sized bubbles of volumes V and V0 , b(V0) is the breakage rate

of bubble with volume V0 , m(V0) is the number of daughter bubbles

formed due to fragmentation from bubbles of volume V0. n(V, t) is the

number of bubbles of volume V at time t, and p(V, V0) is the probability

density function to determine offspring bubbles of volume V gener-

ated from bubbles of volume V0.

Because it is more useful to work in terms of the volume fraction

of a particular bin of bubbles (fi) than the number of bubbles in that

bin (ni), it is convenient to express Equation 11 in different terms.

With the volume fraction of bubble size i defined as

αi = niVi ð16Þ

and fi defined as the ratio of the volume fraction of the ith bin to the

total gas volume fraction,

fi =
αi
αG

ð17Þ

and
X
i

f i = 1 ð18Þ

The population balance equation (Equation 11) can be written in

terms of fi and αG:

∂ ρGfiαGð Þ
∂t

+ r: ρGUG, ifiαG
� �

= ρGVi BiC −DiC + BiB −DiBð Þ ð19Þ

Sauter mean diameter (d32) was used as the input bubble diameter

in the simulation and was used to couple the PBM with the fluid

dynamics.42 The Sauter mean diameter is given by

d32 =

P
nid

3
iP

nid
2
i

ð20Þ

Many breakage and coalescence models for bubble flow are avail-

able. These models, however, are quite similar with some minor

F IGURE 2 Mesh independence test where kLa is plotted as a
function of number of mesh elements. Simulations are performed at
impeller tip speed of 1.8 m/s and aeration rate of 0.1 VVM
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differences in the model constants or assumptions used to develop

the model.15 While the discussion of aggregation and breakage ker-

nels is beyond the scope of this article, it is worth mentioning that

several studies44–47 have detailed comparisons between the different

breakage and coalescence models, including those proposed by Prince

and Blanch48, Luo and Svendsen49, Luo50, Chesters51, Martínez-Bazán

et al.52, Alopaeus et al.53, and Lehr et al.54 The findings from these

studies suggest that there is little difference between the mean flow,

gas hold-up and bubble Sauter mean diameter predicted by the differ-

ent models, while there is some difference in the predicted bubble

size distribution.

In this study, The FLUENT embedded Luo-Svendsen49 and Luo50

models were used to model both the breakage and coalescence of

bubbles, respectively. The models have been frequently used in litera-

ture to simulate stirred-tank bioreactors using FLUENT software.27,28

In the breakage model, only turbulent eddies with a scale smaller

than the bubble diameter are considered to cause the bubbles to

break while larger scale eddies are only considered to convect the

bubbles.

4.4 | Mass transfer coefficients and bubble diameter

The models used by Rathore et al.27 were based on Higbie's penetra-

tion theory55 and were used to theoretically estimate the mass trans-

fer coefficient (kL) and the interfacial area available for mass transfer

(a) as follows:

kL =
2
π

ffiffiffiffiffiffiffiffi
DO2

p ερL
μL

� �1
4

ð21Þ

a =
6αG
d32

ð22Þ

where DO2
is the molecular diffusivity of oxygen and is equal to 1.97

× 10−9 m2/s.40 Both models were used as user defined functions in

FLUENT to predict kLa.

The original diameter (dp) of the bubbles coming out from the

sparger holes of diameter dh was modeled by:48,56

dp =
6αdh

g ρL − ρGð Þ
� �1=3

ð23Þ

The oxygen mass transfer coefficient kLa was experimentally

determined by the gassing out method as previously described

for the 50 L chamber of the multichamber single-use bioreactor.8

5 | STATISTICAL ANALYSIS AND
CORRELATION EQUATION

A randomized response surface method was applied to study the

effect on kLa of the sparger-to-impeller diameter ratio (dsp/D),

impeller-to-vessel diameter ratio (D/T), Reynolds number (Re), and

the gas flow rate per unit liquid volume (Q/VL). The simulation

results used in the analysis were performed at dsp/D ratios: 0.086,

0.173, 0.259, 0.500, and 0.800; D/T ratios: 0.2, 0.4, and 0.6; Re num-

bers within the range 20,000–100,000; and Q/VL: 1.2, 3.0, and 6.0 L

of gas/ L of liquid/hour. A total of 16 simulation results at different

levels of the four studied factors were evaluated by an analysis of

variance (ANOVA) statistical test. A quadratic model equation was

generated to correlate the test factors to kLa values. All data were

analyzed using Design-Expert 11.

6 | RESULTS AND DISCUSSION

6.1 | Single-phase flow pattern

As shown in Figure 3, the velocity contours and vectors show the flow

pattern at a mid-plane of the 50 L bioreactor. The fluid is discharged

from the impeller tip toward the vessel wall. As the fluid hits the wall,

it is divided into two loops that recirculate at the top and the bottom

of the stirrer. This flow pattern is consistent with what was simulated

in the Mobius® CellReady bioreactor with a similar three-blade

pitched impeller.24,34 These flow simulations were validated by Parti-

cle Image Velocimetry (PIV)24 and by visual observation of the trajec-

tory of small plastic particles suspended in the bioreactor.34 The

highest velocity magnitude was shown at the closest proximity to the

impeller tip and the velocity gradient migrated away from the tip and

across the boundary between moving reference frame and the sta-

tionary domain, thus reflecting what we know to be representative of

the physical system. This observation was true for all the three tip

speeds tested. The top circulation loop showed lower velocities than

the lower loop, which was also consistent with what was previously

reported for the Mobius® CellReady bioreactor.

6.2 | Multiphase fluid simulation and kLa prediction

Although assuming a constant bubble diameter throughout the bio-

reactor operation saves computational effort and has been success-

fully used in some studies,34,57 our kLa prediction from a constant

bubble size simulation was substantially different from the experi-

mental results. At 0.6 impeller tip speed and 0.1 VVM, the experi-

mental kLa measurement was 7.3/hr while the kLa predicted from

the constant bubble size simulation was 18.2/hr. The PBM simula-

tion, with bin sizes displayed in Table 1, predicts a more realistic

kLa value of 8.0/hr.

6.2.1 | Model validation and optimization of bin sizes

The agitation speed and aeration rate are expected to affect the bub-

ble size and bubble size distribution within the bioreactor, and a single

PBM model is incapable of accurately predicting the bubble size and

size distribution at all of these operating conditions. In our study,

therefore, the number and sizes of bins were optimized for the differ-

ent operating conditions using a trial-and-error method as has been

reported by Sarkar et al.28 For each impeller tip speed, a different

number of bins of different bubble diameters were tried, and the PBM
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model was validated by predicting kLa values within 10% deviation

from the experimental results at various tip speeds and aeration rates,

as shown in Figure 4. Table 1 shows the optimized bin number and

sizes at different impeller tip speeds, where the original bubble diame-

ter emerging from the sparger predicted from Equation 23 was always

set as the middle bin allowing for equal chances of breakage and coa-

lescence in both larger and smaller bins. While the bubble diameter

predicted from Equation 23 was 0.88 mm, the Sauter mean diameter

predicted from the PBM simulations was always larger than 0.88 mm,

which indicated that coalescence dominated over breakage.

The CFD model described above was then used to explore the

effect of different design parameters on the kLa for the sake of opti-

mizing the bioreactor design. Not all of the following simulations were

experimentally validated.

6.2.2 | Effect of sparger shape on kLa

Pipe spargers resulted in approximately 30% lower kLa values than the

ring spargers of the same surface area, as shown in Figure 5a, where

simulations were run at an impeller tip speed of 1.2 m/s and an aera-

tion rate of 0.1 VVM. A higher gas volume fraction was observed with

the ring sparger simulations, as shown in Figure 5b, which can be

attributed to the fact that the ring sparger configuration produces

more bubbles at a closer proximity to the impeller tip. The fluid at the

impeller tip experiences higher turbulence and better distribution

across the bioreactor vessel, which can be observed from the top view

of the vessel showing dispersed gas (Figure 6). In agreement with the

simulation results, a previous experimental study showed similar

results.58 The study showed higher gas hold-up with the ring sparger

compared to the pipe sparger over a wide range of impeller speeds

and gas velocities. Lower impeller speeds showed 25% improvement

in gas hold-up with the ring sparger and 18% improvement at higher

impeller speeds.

6.2.3 | Effect of sparger size on kLa

Different sizes of spargers were tested to examine the effect of the

sparger size on kLa. Simulations were run at a stirrer tip speed of

1.2 m/s and a gassing rate of 0.1 VVM. As shown in Figure 7a, bet-

ter kLa values were achieved by increasing the sparger size until

some point where the use of bigger spargers led to a sharp drop in

kLa. The trend of the kLa values with increased sparger size was

consistent with the trend of the volume fraction of air (Figure 7b).

The best kLa value was achieved when the ratio between the

sparger diameter and the impeller diameter (dsp/D) was 0.8. At this

dsp/D ratio, a 16% increase in the kLa value was observed over the

smallest sparger size tested, which had a dsp/D ratio of 0.086. A

sharp reduction of 43% in kLa was observed when the dsp/D was

increased from 0.8 to 1.0. The air bubble size distribution at a mid-

plane of the bioreactor is shown in Figure 8, where it can be

F IGURE 3 Contours and vector plots of fluid velocity in a single-phase flow at different impeller tip speeds. Velocity of liquid (UL) is shown
normalized to the tip speed (Utip)

TABLE 1 Number and size of bins used in the population balance
model to simulate the multiphase flow at different impeller tip speeds

Tip speed (m/s)
1.8 1.2 0.6

Bin bubble diameter (mm)

Bin-0 7.04 2.66 1.88

Bin-1 4.98 2.02 1.46

Bin-2 3.52 1.53 1.13

Bin-3 2.49 1.16 0.88

Bin-4 1.76 0.88 0.68

Bin-5 1.24 0.67 0.53

Bin-6 0.88 0.50 0.41

Bin-7 0.62 0.38

Bin-8 0.44 0.29

Bin-9 0.31

Bin-10 0.22

Bin-11 0.16

Bin-12 0.11
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observed that at the small sparger diameter, the air bubbles are

purged toward the center of the vessel where the fluid velocity and

turbulence is low. The bubbles are thus prone to coalesce and to

escape the vessel quickly from top. In the best case, the sparger

diameter to the impeller diameter ratio was equal to 0.8, and a frac-

tion of the bubbles is shown to be forced toward the impeller tip

where the velocity and turbulence are at their maximum, thus caus-

ing the bubbles to break. The smaller bubbles are thrown toward

the vessel wall and residence time of the bubbles inside bioreactor

is increased. A fraction of the bubbles is also pushed towards the

center of the vessel, where they coalesce and rise upward. This

combination of events allows a better distribution of gas inside the

vessel, which is reflected in the higher gas volume fraction. In con-

trast, at a sparger diameter that is equivalent to the impeller

diameter, the gas bubbles are mostly dispersed outward by the

impeller and are not efficiently distributed in the center of the ves-

sel. That poor distribution of gas bubbles inside the bioreactor

leads to a lower gas volume fraction and hence, a lower kLa. The

simulation results are supported by experimental results reported

by Rewatkar et al.58 where a ring sparger of a diameter that is 0.8

of the impeller diameter showed a higher gas hold-up over a wide

range of impeller speeds compared to other ring spargers with a

diameter that was either half or equal to the diameter of the impel-

ler. The dsp/D ratio of 0.8 was also recommended by McFarlane

et al.59 to enhance gas handling capability and energy efficiency in

dispersing gas in stirred-tank bioreactors. Birch and Ahmed60 also

showed that the gas hold-up dropped significantly when the diame-

ter of the ring sparger exceeded the diameter of the impeller.

F IGURE 4 PBM model validation. (a) Validation versus kLa experimental data obtained at different impeller tip speeds and a constant aeration
rate of 0.1 VVM, (b) validation versus kLa experimental data obtained at different aeration rates and a constant impeller tip speed of 1.8 m/s

F IGURE 5 Comparison between pipe and ring spargers of same sparging surface area, at impeller tip speed of 1.2 m/s and gassing rate of 0.1
VVM (1X is equivalent to the surface area of the sparger used in the prototype). (a) Effect of sparger geometry on kLa, (b) effect of sparger
geometry on air volume fraction
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6.2.4 | Effect of impeller diameter on kLa

A number of studies, reviewed by Markpoulos et al.,30 correlated kLa to

the power input per unit volume (P/V), which was directly proportional

to the fifth power of the impeller diameter according to the following

equation:

P=V =
Ne � ρ � n3 � D5

V
ð24Þ

In contrast, García-Cortés et al.61 reported a correlation where

kLa was directly proportional to the impeller-to-vessel diameter

(D/T) ratio raised to the power of 2.8. In the present study, simula-

tions were consistent with the aforementioned findings in the

sense that the larger impeller diameter produced higher kLa values.

For a constant dsp/D ratio of 0.8, the kLa value at a 0.6 D/T ratio

was higher than at a 0.4 D/T ratio by more than 60% and was more

than double compared to a D/T ratio of 0.2 (Figure 9). The mid-

plane contours of the gas volume fraction (Figure 10) show a clear

enhancement in gas distribution inside the vessel with increasing

impeller diameter. The better gas distribution can be related to the

enhanced mixing behavior, where a larger impeller-to-vessel diame-

ter ratio has been reported to enhance mixing behavior with any

type of agitator.62

6.3 | Statistical analysis and model equation

The ANOVA test results were helpful to evaluate the accuracy of the

applied model. A correlation coefficient (R2) of 0.9650, which was

quite close to the adjusted R2 value of 0.9417, indicated that the

F IGURE 6 Top view of the air volume fraction inside the bioreactor with a pipe sparger (left) and a ring sparger (right)

F IGURE 7 Effect of ring sparger diameter on (a) kLa and (b) air volume fraction. Simulations were performed at an impeller tip speed of
1.2 m/s and gassing rate of 0.1 VVM
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model showed a true relationship between the response and the inde-

pendent variables within the tested range.

A predicted R2 of 0.8896, with less than 0.2 difference from the

adjusted R2 (as suggested by the Design-Expert Software), as well as a

good fit between simulation results and the model predictions, shown

in Figure 11a, indicated that the model is a good predictor. The small

standard deviation (0.845) revealed the reproducibility of the model,

and the small p-value (<0.0001) indicated that the model is highly sig-

nificant. Contour line maps, shown in Figure 11(b–g), show the effect

of every two tested variables on the response (kLa). The final model

equation correlates kLa to the four tested factors within the ranges

commonly used in cell culture applications and can be written as:

kLa = −7:4353 + 0:102752 Reð Þ− 16:86911 D
T

� �

+ 12:6307
dsp
D

� �
+ 1:61915

Q
VL

� �
+ 32:10674

D
T

� �2

−11:4995
dsp
D

� �2

ð25Þ

Based on the above model analysis, the response surface model

was suitable for correlating kLa to both geometrical and operating

parameters and thus can be used to predict kLa in stirred-tank bioreac-

tors and to optimize the bioreactor geometry and operating conditions.

F IGURE 8 Contour plots of bubble size distribution at dsp/D ratio of 0.09 (left), 0.8 (middle), and 1.0 (right). Simulations were performed at an
impeller tip speed of 1.2 m/s and gassing rate of 0.1 VVM

F IGURE 9 Effect of impeller diameter to vessel diameter ratio
(D/T) on kLa

F IGURE 10 Contours of air volume fraction (αG) at the bioreactor mid-plane with different impeller diameters (D/T = 0.2, 0.4, and 0.6). In all
cases dsp/D is 0.8, the tip speed is 1.2 m/s, and the aeration rate is 0.1 VVM
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7 | CONCLUSIONS

High efficiency of oxygen mass transfer in a bioreactor is essential for

a successful cell culture process. Oxygen mass transfer coefficient

(kLa) is a widely used parameter to evaluate the design and perfor-

mance of a bioreactor. Over the course of designing a new bioreactor,

an exceedingly large number of combinations of different geometries

and operating conditions may be required to be evaluated, which

makes the experimental evaluation of all possible configurations

almost impossible. Thus, CFD is a powerful tool that has been often

recruited to help design and optimize bioreactor performance, requir-

ing less time and fewer experiments.

In this study, we presented a CFD model to predict kLa in a

stirred-tank bioreactor for mammalian cell culture, and the model

was validated by experimental kLa measurements. A PBM that

accounted for air bubble coalescence and breakup was shown to be

essential for an accurate prediction of the multiphase flow inside

the bioreactor. The validated CFD model was used to study the

effect on kLa of various sparger geometries and sizes, as well as dif-

ferent impeller sizes. A ring sparger was shown to exhibit a superior

F IGURE 11 (a) Linear plot of model predicted versus CFD predicted kLa values. (b–g) Contour line maps showing the effect of different
variables dsp/D, D/T, Re, and gas flow rate on kLa

AMER ET AL. 11 of 14



performance over the pipe sparger in terms of kLa and gas hold-up,

with an optimum diameter that is 80% of the impeller diameter.

Reducing the impeller diameter was also shown to decrease kLa

inside the stirred-tank bioreactor. The CFD model was also used to

develop a formula to correlate kLa to sparger size, impeller size, and

mixing and gassing conditions. While kLa has been a primary factor

in evaluating stirred-tank bioreactors, existing literature only corre-

lates kLa to the operating conditions and a geometry that is

assumed to be fixed. While these correlations are useful for opti-

mizing an existing bioreactor, they are of limited use when design-

ing a bioreactor with a novel geometry. Designing a new bioreactor

vessel requires selecting the proper hardware (i.e., impeller or

sparger), which negates the assumption of constant geometry and

makes the existing correlations useless. The original scope of this

study was to reduce the effort and time required to design and

optimize our multichamber single-use bioreactor, however, the

developed formula can also be extended to optimize and predict

the performance of other stirred-tank reactors.

NOTATION

D diameter of impeller (m)

T diameter of vessel (m)

dsp diameter of ring sparger (m)

dh diameter of the holes in the sparger (m)

Q gas flow rate (L/s)

VVM volume of air per volume of liquid per minute

ρi density of phase i (kg/m3), where i = G (gas) or L

(liquid) phase

μi molecular viscosity of phase i (kg/m/s)

σL water-air interfacial tension (N/m)

k turbulent kinetic energy (m2/s2)

ε turbulent energy dissipation rate (m2/s3)

αi volume fraction of phase i

Ui velocity vector of phase i (m/s)

p pressure (N/m2)

τef stress tensor (N/m2)

Ri interphase momentum exchange term (N/m3)

Fi centrifugal forces (N/m3)

g acceleration due to gravity (m/s2)

CD drag coefficient

ReP Reynolds number

μt, L liquid phase turbulent viscosity (kg/m.s)

Cμ, C1ε, C2ε,

σk, σε

model parameters given the values 0.09, 1.44,

1.92, 1.0, and 1.3, respectively

Gk rate of production of turbulent kinetic energy

(m2/s4)Q
kL,

Q
εL terms accounting for influence of continuous phase

on dispersed phase

ni number density of bubbles in the ith bubble class

BiB birth rate due to breakage (m−3/s)

DiB death rate due to breakage (m−3/s)

BiC birth rate due to coalescence (m−3/s)

DiC death rate due to coalescence (m−3/s)

a(V, V0) coalescence rate prevalent between the different

sized bubbles of volumes V and V0 (s−1)

b(V0) breakage rate of bubble with volume V0 (s−1)

m(V0) number of daughter bubbles formed due to frag-

mentation from bubbles of volume V0

n(V,t) number of bubbles of volume V at time t

p(V, V0) probability density function to determine offspring

bubbles of volume V generated from bubbles of

volume V0

fi ratio of volume fraction of ith group bubbles and

total gas volume fraction

d32 Sauter mean diameter of air bubbles

DO2 molecular diffusivity of O2 (m
2/s)

kLa volume averaged mass transfer coefficient (s−1)

a interfacial area (m2)

dP bubble diameter (m)

P impeller power input (W)

V volume of liquid (m3)

n stirrer rotational speed (s−1)

Ne impeller power number
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